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Abstract
The oxidation kinetics for products of fast pyrolysis at low temperatures (<600°C) are not well
known. These will be important in effort to model autothermal pyrolysis, which has been
recently developed to intensify the process, but which occurs at much lower temperatures than
combustion. This study determines global oxidation rates at 400-600°C for three important
products of fast pyrolysis: levoglucosan, xylose, and acetic acid. Experiments were performed in
a fluidized bed pyrolyzer with the reactor modeled as a series of CSTRs and PFRs to determine
reaction rates. Oxidation rates at 500°C for the three model compounds varied by a factor of ten.
Keywords:
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1. Introduction
Fast pyrolysis is an endothermic process with energy conventionally provided through heat
transfer into the reactor.1 This thermal energy is conventionally provided by either indirect
contact or direct contact heat transfer. As a reactor scales in size, its surface area-to-volume ratio
decreases, eventually resulting in heat transfer becoming rate limiting to the process.2 As an
alternative, Polin et al.3 recently demonstrated that addition of a small amount of oxygen into the
pyrolyzer can provide the enthalpy for pyrolysis by partially oxidizing products of pyrolysis. As
1

little as one-tenth of the oxygen required for complete oxidation can sustain this autothermal
(partial oxidative) process. By generating energy internally, heat transfer is eliminated,
simplifying reactor design.
Given the value of the heavier molecular weight components of bio-oil (sugars and phenolic
compounds), autothermal pyrolysis should be contrived to selectively oxidize other pyrolysis
products such as biochar and low molecular weight compounds. Fortuitously, biochar appears to
be preferentially oxidized in comparison to vapor products although small losses in condensable
products are observed.3,4 A better understanding of the rates of partial oxidation of pyrolysis
products would advance the design of autothermal pyrolyzers. Kinetic data is well known for
oxidation of gaseous fuels at elevated (combustion) temperatures (>1000°C).5,6 However, kinetic
data appropriate to oxidation at pyrolysis temperatures (<600°C) is largely unavailable in the
scientific literature. Progress in autothermal pyrolysis will require a better understanding of the
oxidation reactions that drive the process and affect product composition and distribution.
Towards this goal, we have recently reported reaction rates on “reduced temperature” oxidation
of biochar.7
Secondary pyrolysis reactions that decompose vapors in the absence of oxygen have been well
studied, although reported rates in the literature vary greatly.8–12 Fukutome et al. 8 determined
that gas phase decomposition of levoglucosan follow first order kinetics distinguished by two
distinct temperature regimes. Shin et al. 9 studied the decomposition of various carbohydratederived products, including levoglucosan, again finding first order kinetics accurately described
the decomposition rate. However, despite similarities in experimental methods employed by
these two research groups, their results varied by up to an order of magnitude (Table 1).
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Fukutome et al.8 suggested this difference may have been caused by mass transfer limitations
arising from molten levoglucosan in the work of Shin et al.9
Table 1. Calculated kinetic rate coefficient of levoglucosan decomposition. Below 600°C there
is an order of magnitude difference in the decomposition rate. Note: Fukutome has a low
temperature regime (550-600°C) and elevated temperature (>600°C) regime.
Source
Fukutome et al. 8
Shin et al. 9

550°C
0.956
0.059

Kinetic Rate Coefficient (s-1)
600°C
650°C
3.271
5.335
0.280
1.116

700°C
8.520
3.865

Given the prominence of levoglucosan among the products of fast pyrolysis13, the global rate of
pyrolysis vapor decomposition is expected to be similar to that for levoglucosan. Liden et al.10
measured the rate of secondary vapor decomposition of tar (bio-oil) using a fluidized bed reactor
at a temperature range of 400-600°C by varying gas residence time. Similar work by Morf et al.11
pyrolyzed fir and spruce wood chips in a fixed bed followed by a heated tubular reactor where
secondary gas phase decomposition occurred. Baumlin et al.12 similarly used a heated tubular
reactor to measure the homogeneous decomposition of bio-oil vapors into non-condensable
gases. The studies of Liden et al.10, Morf et al.11, and Baumlin et al.12 yielded similar global
decomposition rate coefficients of bio-oil vapors (Table 2).
Table 2. Decomposition kinetic rate coefficient calculated for bio-oil vapors. Reaction rates were
determined to follow first order kinetics.
Source
Liden et al. 10
Morf et al. 11
Baumlin et al. 12

Kinetic Rate Coefficient (s-1)
500°C
600°C
700°C
0.233
1.582
7.248
0.267
1.044
3.088
0.199
0.569
1.312

The average of the three rates at 500°C (0.271 s-1) is nearly identical to the decomposition rate of
levoglucosan extrapolated from Fukutome et al.8 at 500°C (0.238 s-1). The comparable rates
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between these overall decomposition models and the levoglucosan experiments of Fukutome et
al.8 provide additional evidence that the work of Shin et al.9 was experimentally biased.
Comprehensive reaction mechanisms that include decomposition and oxidation reactions of
pyrolytic vapors have been developed over several decades.14 Recently, Debiagi et al.15 updated
the mechanism predicting a rate of levoglucosan decomposition that was comparable to
experimental observations.9 The mechanism of Debiagi et al.15 was updated and incorporated
into the comprehensive combustion mechanism of Ranzi et al.16 This mechanism contains
thousands of elementary reactions and hundreds of intermediate species relevant to high
temperature decomposition and oxidation of products from biomass pyrolysis. Despite these
significant efforts in developing reaction mechanisms, shortcomings remain. In particular, the
Ranzi mechanism used Shin et al.’s9 levoglucosan decomposition rate for model validation,
which as previously described, appears to be flawed. Another shortcoming of the Ranzi
mechanism is that it was originally developed for hydrocarbon oxidation and subsequently
expanded to include oxygenated compounds.14,17,18 This updated mechanism has received
minimal validation at conditions relevant to the relatively low temperature operating conditions
of autothermal pyrolysis of biomass.
Dhahak et al.19 employed the Ranzi mechanism in combination with several other mechanisms to
achieve an updated model with improved decomposition rates for several pyrolysis products
(including levoglucosan, anisole, and hydroxyacetaldehyde) derived from credible experimental
data. This model accurately described the oxidation of many hydrocarbon products as well as
guiacol, a lignin pyrolysis product. While the model is reported to be an improvement over
earlier reaction mechanisms, oxidation kinetics relevant to the products of biomass pyrolysis,
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such as levoglucosan and xylose, were not included. Likewise, the model employed Shin’s
discredited levoglucosan decomposition rate.9
Combustion of solid fuels is often described by global oxidation models rather than attempting to
build reaction networks of elementary reactions. These models include devolatilization
(pyrolysis), char oxidation, and tar (condensable vapors) oxidation steps.20,21 Condensable vapors
are grouped together and approximated as a single chemical entity with an elemental
composition of CH1.65O0.91 for coal-derived tar and CH0.99O0.88 for biomass-derived tar 3. The
global tar oxidation rate is a modified Arrhenius equation from Smoot and Smith 22:
𝐄𝐄𝐚𝐚

𝟎𝟎.𝟓𝟓
𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫 = 𝐀𝐀𝐓𝐓 𝟎𝟎.𝟑𝟑 𝐞𝐞−𝐑𝐑𝐑𝐑 𝐂𝐂𝐎𝐎𝟐𝟐 𝐂𝐂𝐂𝐂𝐂𝐂𝐂𝐂

(1)

where A is the pre-exponential factor (20,700 s-1), Ea the activation energy (80.2 kJ mol-1), T the
gas temperature (K), and R the universal gas constant (0.008314 kJ mol-1 K-1). The reaction is
first order for oxygen and 0.5 for fuel.
Dryer and Westbrook23 developed a one-step hydrocarbon combustion model that was
subsequently adapted to ethanol oxidation.24 The rate expression is a conventional Arrhenius
equation:
𝐄𝐄𝐚𝐚

𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫 = 𝐀𝐀𝐀𝐀−𝐑𝐑𝐑𝐑 𝐂𝐂𝐅𝐅𝟎𝟎.𝟏𝟏𝟏𝟏 𝐂𝐂𝐎𝐎𝟏𝟏.𝟔𝟔
𝟐𝟐

(2)

where A is equal to 1.55×1010 s-1 and Ea is 125.6 kJ mol-1. The reaction order is 1.6 for oxygen
and 0.15 for fuel. Despite similar global models, the rate coefficients differ by orders of
magnitude at pyrolysis temperatures. The objective of the present study was to reduce the
uncertainty in the decomposition and oxidation kinetics of select compounds relevant to
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autothermal pyrolysis. Three model compounds representative of biomass pyrolysis products
were investigated: xylose, acetic acid, and levoglucosan. Global oxidation rates were determined
at temperatures less than 600°C and the Arrhenius parameters calculated. Additional experiments
were conducted on the gas phase degradation of levoglucosan to validate the hydrodynamic
model.

2. Methods
2.1. Continuous reactor system
Experiments were performed in a bubbling fluid bed reactor system illustrated in Figure 1. The
reactor was constructed from 316 stainless steel pipe of 3.81 cm diameter and 42 cm length. Bed
material was 400 grams of 500-600 μm diameter sand for oxidation experiments and 250-300
μm diameter sand for levoglucosan decomposition experiments. Gas flow controllers allowed
mixing of air and nitrogen gas to produce oxygen concentrations up to 21 vol%. These two
controllers allowed for identical flow conditions (i.e., fluidization gas) for model compounds
with different stoichiometric requirements. For all the combustion experiments, the equivalence
ratio was ~1.05 or slight excess of oxygen needed for complete oxidation. A peristaltic pump
continuously fed the aqueous solution of reactant at concentrations described below at rates of 25 ml min-1. Instantaneous mass flow measurements were attained by placing the liquid supply
cannister atop an analytical balance. The reactor had a small stainless-steel tube inserted 5 cm
above the plenum, allowing the injection of the reactant solution into the reactor. A heat-traced
stainless steel line conveyed pyrolysis product to a gas cyclone that removed elutriated sand. The
fluidized bed reactor, transfer line, and cyclone were heat traced to the same temperature as the
reactor (435-550°C) to prevent condensation of product. After the transfer line, an ExergyTM
shell and multi-tube condenser (operated at 10°C) collected the condensate in a 250mL bottle.
6

Gas temperature at the condenser outlet was <10°C. Following the condenser, a glass wool
packed bed collected any aerosols to prevent their passage to a Varian 4800 MicroGC, which
measured non-condensable gases.

Figure 1. Reactor block flow diagram used for kinetic studies.
2.2. Calculation of levoglucosan decomposition rate coefficient from conversion data
For the levoglucosan decomposition experiments, a 20 wt. % solution of levoglucosan in water
was continuously fed into the fluidized bed reactor at approximately 3.5 g min-1 using 3.5 SLPM
of nitrogen as the inert fluidization gas. Gas residence time in the reactor was approximately one
second. The transfer line was maintained at the reactor temperatures to avoid condensation of
products ahead of the condenser, which rapidly cooled products to 10°C that were collected in a
250 ml bottle. Aerosols formed during this process were subsequently collected in glass wool.
Experiments were of sixty minutes duration to ensure steady state was achieved.
Analysis of levoglucosan in the collected liquid product was accomplished with high
performance liquid chromatography (HPLC), which is detailed elsewhere.25 In addition to liquid
product collected in the bottle, it was discovered a significant amount of levoglucosan aerosols
were formed and trapped in the glass wool following the condenser. To analyze these collected
7

aerosols, 1.5 g of glass wool was placed into a 10 ml of water to dissolve the levoglucosan and
other water-soluble compounds. After thorough mixing, 2 mL of the solution was extracted via a
syringe and analyzed via GC-MS/FID. Quantification of the compounds was performed using
the PolyARC system, with phenanthrene as an internal standard. As water droplets (aerosols)
were also entrained in the gas stream, water was recovered in the glass wool packed bed. To
account for this water mass, the remaining glass wool was dried at 105°C. The moisture content
of the wool was calculated as the mass loss during the drying procedure. The dry mass of the
glass wool, coupled with the GC-MS/FID analysis, was used to calculate the levoglucosan
adsorbed on the filter.
Conversion of levoglucosan was calculated according to:

𝐗𝐗 =

(𝐌𝐌𝐅𝐅 − 𝐌𝐌𝐑𝐑 )
�𝐌𝐌
𝐅𝐅

(3)

where MF is the mass of levoglucosan fed and MR the mass of levoglucosan recovered. Identical

to prior works, first order kinetics were assumed for the decomposition rate:
𝐂𝐂𝟔𝟔 𝐇𝐇𝟏𝟏𝟏𝟏 𝐎𝐎𝟓𝟓 = (𝟏𝟏 − 𝐗𝐗)𝐂𝐂𝟔𝟔 𝐇𝐇𝟏𝟏𝟏𝟏 𝐎𝐎𝟓𝟓 + (𝐗𝐗)𝐂𝐂𝐚𝐚 𝐇𝐇𝐛𝐛 𝐎𝐎𝒅𝒅
(4)
𝐫𝐫 = 𝐤𝐤[𝐂𝐂𝟔𝟔 𝐇𝐇𝟏𝟏𝟏𝟏 𝐎𝐎𝟓𝟓 ]𝟏𝟏

(5)

where CaHbOd are the grouped levoglucosan decomposition products, including non-condensable
gases and various light oxygenated compounds. Two temperatures were used to calculate the gas
phase decomposition at 500 and 550°C and compared to previous published works.
2.3. Calculation of global oxidation rates from oxygen conversion data
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Three model compounds representing select pyrolysis products were employed in these
oxidation experiments: levoglucosan, xylose, and acetic acid. They were prepared as an aqueous
solution for continuous injection into the reactor by dissolving them in water. These
concentrations were approximately 8wt. %, 20wt. % and 30wt. % solutions for xylose,
levoglucosan, and acetic acid, respectively. The oxygen required for stoichiometric oxidation
was adjusted based on the liquid feed rate for a specific model compound. The target equivalence
ratio was 1.05 (excess oxygen) for all the experiments. With the air set at each condition for the
target equivalence ratio, nitrogen was used as a balance to consistently flow 12 SLPM of gas for
each experiment. The oxygen concentration in the sweep gas for the experiments was 3.0%,
7.7%, and 6.5-8.5% (experiment dependent) for the xylose, levoglucosan, and acetic acid
experiments, respectively. The lower oxygen concentration for xylose was the result of the lower
solution concentration, thus a larger percentage of the fluidizing gas was nitrogen as the sweep
gas was kept constant at 12 SLPM. At a gas flow rate of 12 SLPM, the dynamic bed was
expanded the entire fluid bed reactor height. Analysis of the non-condensable gases was
accomplished with a MicroGC.
These experiments measured the conversion of oxygen between the inlet and outlet of the reactor
rather than directly measure the conversion of the model compounds. Oxygen inlet concentration
was calculated from the volumetric air flow rate entering the reactor while the exit concentration
was directly measure with a MicroGC. This conversion of oxygen is written as follows:
𝐗𝐗 =

𝐨𝐨𝐨𝐨𝐨𝐨
(𝐎𝐎𝐢𝐢𝐢𝐢
𝟐𝟐 − 𝐎𝐎𝟐𝟐 )�
𝐎𝐎𝐢𝐢𝐢𝐢
𝟐𝟐
(6)

where 𝑂𝑂2𝑖𝑖𝑖𝑖 is the inlet concentration of oxygen and 𝑂𝑂2𝑜𝑜𝑜𝑜𝑜𝑜 is the outlet concentration of oxygen.

After a 20-minute stabilization period to achieve steady state, experimental data was collected
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for 30 minutes. Given the combustion global model, the oxidation rate measures the rate of
oxidation for the initial specie and its decomposition products. Thus, if the specie underwent
rapid (i.e., instantaneous) decomposition, the global model would measure the rate of oxidation
for those decomposition products. While multi-step models, or even more complex elementary
mechanisms, can capture these competing decomposition versus oxidation reactions14, deriving
detailed reaction pathways is outside the scope for initial work.
Each model compound was oxidized at three different temperatures for the purpose of
determining activation energies. Acetic acid and levoglucosan experiments were performed at
set-point temperatures of 450, 500, and 550°C. The high reactivity of xylose forced operation at
lower temperatures to avoid the complete conversion of oxygen, which would invalidate the
measurements. However, the relatively low boiling point of xylose (415°C) set a lower bound on
operating temperature to prevent its potential condensation in the transfer line. Accordingly,
xylose was oxidized at 430, 465, and 500°C. The lower temperatures of the xylose experiments
prevented its complete combustion in the fluidized bed reactor.
For these experiments, first order kinetics were assumed to oxygen, and zero order to the fuel.
The order determination is a simplification; however, the low order (zero) in regard to the fuel
source is consistent with previous works22,23:
𝐛𝐛

𝐂𝐂𝐚𝐚 𝐇𝐇𝐛𝐛 𝐎𝐎𝐝𝐝 + 𝛂𝛂𝐎𝐎𝟐𝟐 = 𝐚𝐚𝐚𝐚𝐎𝐎𝟐𝟐 + 𝟐𝟐 𝐇𝐇𝟐𝟐 𝐎𝐎
𝐫𝐫 = 𝐤𝐤(𝐂𝐂𝐚𝐚 𝐇𝐇𝐛𝐛 𝐎𝐎𝐝𝐝 )𝟎𝟎 (𝐎𝐎𝟐𝟐 )𝟏𝟏

(7)
(8)

where CaHbOd is the bio-oil specie, α the stoichiometric amount of oxygen required for
combustion, r the oxidation rate, and k the kinetic rate coefficient (s-1).
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For each oxidation experiment, the temperature used to calculate rates was the average of the
temperature measured by seven thermocouples in the fluidized bed. Notably, the internal
temperature was often 10-15°C cooler than the set-point temperature of the reactor controller,
which was based on the external wall temperature of the reactor. Determination of Arrhenius
parameters is based on the internal reactor temperature.
2.4. Hydrodynamic model
For the purposes of analyzing the experimental results, the two-phase theory of fluidization was
used to develop a hydrodynamic model of the reactor. The two-phase theory envisions a
fluidized bed of consisting of an emulsion of sand and interstitial gas, and a bubble phase of
discreet gas voids that rise through and interact with the emulsion phase. As shown in Figure 2,
the emulsion phase can be modeled as a series of continuously stirred reactors (CSTR) while the
bubble phase can be modeled as a series of plug flow reactors (PFR) in parallel with the train of
CSTRs. Each pair of CSTR and PFR represents a stage of chemical reaction and is followed by
an interaction module to account for heat and mass transfer between the two phases.26 This
idealization of hydrodynamics allows analytical solutions to be developed for simple chemical
reactions in fluidized beds. The number of stages is commonly determined by an iterative
process of matching modeling (two-phase theory) results with measured experimental data.27 In
this case, the number of stages was determined based on the growth of the bubble diameter, as
subsequently described.

11

Figure 2. Two phase theory can be applied to model a fluidized bed reactor as a set of CSTRs
and PFRs.
The conversion of reactant with first order kinetics in a plug flow reactor is given by 28:
𝐗𝐗 𝐏𝐏𝐏𝐏𝐏𝐏 = 𝟏𝟏 − 𝐞𝐞(−𝐤𝐤𝛕𝛕𝐏𝐏)

(9)

where τP is the space time in the reactor, and k the kinetic rate coefficient.
The conversion of reactant in a CSTR with first order kinetics is given by:
𝐤𝐤𝛕𝛕𝐂𝐂

𝐗𝐗 𝐂𝐂𝐂𝐂𝐂𝐂𝐂𝐂 = 𝐤𝐤𝛕𝛕

𝐂𝐂 +𝟏𝟏

(10)

where τC is the space time in the reactor, and k the kinetic rate coefficient. At the end of each
stage, the respective streams from the PFR and CSTR are mixed, with mass and energy transfer
occurring. The overall conversion at the ith stage exit is a function of the gas partition to the PFR
and CSTR with their respective conversions:
12

𝐗𝐗 𝐑𝐑 = 𝛂𝛂𝐗𝐗 𝐏𝐏𝐏𝐏𝐏𝐏 + (𝟏𝟏 − 𝛂𝛂)𝐗𝐗 𝐂𝐂𝐂𝐂𝐂𝐂𝐂𝐂
(11)
where XR is the conversion at that stage, α the PFR gas partition coefficient, XPFR the conversion
that occurred in the reactor PFR, and XCSTR the conversion of specie in the reactor CSTR. At this
point, the reacted gas stream is repartitioned into the next CSTR and PFR (based on two-phase
theory calculations), with the process repeated as necessary for each subsequent stage.
To calculate the gas apportioned to each the PFR and CSTR, several correlations from the
literature were used to calculate the two-phase theory parameters (Table 3).29,30
The two-phase theory correlations (Table 3) were derived from experimental studies of fluidized
beds. While several of the parameters are universally accepted (e.g., minimum fluidization
velocity, Archimedes number), several methods for calculating bubble diameter have been
proposed. Several studies27,29,32 calculate bubble diameter according to Cai et al.33though the
correlation of Mori and Wen31 appears to be more appropriate for the small reactor employed in
our study and has been successfully employed by other researchers to model fluidized
processes.34
To determine α (the PFR gas partition coefficient), a series of calculations are required. First, the
minimum fluidization velocity (Uumf) is calculated. Next, the initial bubble diameter at the bed
inlet is calculated. The correlation was originally developed for a sintered plate serving as the
distributor plate. To approach this behavior, several <100 µm sieve screens were placed over the
distributor plate of the fluidized bed reactor used in experiments. The maximum bubble diameter
is calculated as a function of the reactor diameter using a correlation
Table 3. Correlations used for two phase theory of fluidization calculations.
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Parameter

Correlation

Ref

Archimedes Number

minimum fluidization
velocity (𝑈𝑈u𝑚𝑚𝑚𝑚 )

𝐴𝐴𝐴𝐴 = ρ𝑔𝑔 × 𝑑𝑑𝑠𝑠3
𝑈𝑈𝑢𝑢𝑢𝑢𝑢𝑢 =

bubble diameter initial

velocity bubble

(35)

(31)
(31)

𝐻𝐻𝑟𝑟
�� �𝑑𝑑𝑚𝑚 − 𝑑𝑑𝑏𝑏,𝑖𝑖 �] + 𝑑𝑑𝑚𝑚
𝑑𝑑𝑏𝑏 = −[(𝑒𝑒𝑒𝑒𝑒𝑒 �−0.3 �
𝑑𝑑𝐵𝐵𝐵𝐵𝐵𝐵

(31)

𝑈𝑈𝑏𝑏 = 𝑈𝑈𝑂𝑂 − 𝑈𝑈𝑢𝑢𝑢𝑢𝑢𝑢 + 0.711[(9.81𝑑𝑑𝑏𝑏 )0.5 ]

(36)

𝛼𝛼 =

𝑈𝑈𝑜𝑜 − 𝑈𝑈𝑢𝑢𝑢𝑢𝑢𝑢
𝑈𝑈𝑏𝑏

1
1
1
=
+
𝐾𝐾 𝐾𝐾𝑐𝑐𝑐𝑐 𝐾𝐾𝑏𝑏𝑏𝑏

Bubble to emulsion
mass transfer

Mass Transfer: bubble
to cloud

(√27.22 + 0.0408𝐴𝐴𝐴𝐴 − 27.2)μ𝑔𝑔
ρ𝑔𝑔 × 𝑑𝑑𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠

𝑑𝑑𝑏𝑏,𝑖𝑖 = 0.00376(𝑈𝑈𝑜𝑜 − 𝑈𝑈𝑢𝑢𝑢𝑢𝑢𝑢 )

volume % PFR

Mass Transfer: cloud to
emulsion

(35)

𝑑𝑑𝑚𝑚 = 0.652(𝐴𝐴�𝑈𝑈𝑜𝑜 − 𝑈𝑈𝑢𝑢𝑢𝑢𝑢𝑢 �)0.4

max diameter
bubble size

�ρ𝑠𝑠 − ρ𝑔𝑔 �𝑔𝑔
μ2𝑔𝑔

𝐾𝐾𝑐𝑐𝑐𝑐

(37)

(38)
0.5

𝐷𝐷𝐴𝐴𝐴𝐴 𝑒𝑒𝑚𝑚𝑚𝑚 0.711(𝑔𝑔𝑑𝑑𝑏𝑏 )0.5
= 6.77 �
�
𝑑𝑑𝑏𝑏3

𝐾𝐾𝑏𝑏𝑏𝑏

0.5 0.25
𝑈𝑈𝑚𝑚𝑚𝑚
𝐷𝐷𝐴𝐴𝐴𝐴
𝑔𝑔
� + 5.85
= 4.5 �
1.25
𝑑𝑑𝑏𝑏
𝑑𝑑𝑏𝑏

(39)
(39)

that assumes bubble coalescence into a single large bubble for very deep beds.31 A separate
correlation is used to calculate bubble size (diameter) as a function the vertical position in the
bed because of bubble coalescence. The rise velocity of bubbles is a function of bed diameter at
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each vertical position in the bed. The gas partitioned to the PFR is a function of bubble velocity
with the remainder of the total gas flow partitioned to the emulsion (CSTR).
The mass transfer coefficient was calculated from the bubble diameter to the cloud (immediately
surround the bubble) and then from the cloud to emulsion. The diffusion coefficient was
calculated as ideal mixtures of naphthalene (surrogate for the combustion species40) in air or
nitrogen for the oxidation and decomposition experiments, respectively. Given the relatively
small bubble diameter (because of the narrow bed diameter of 0.0381m) the mass transfer
coefficient was >10 s-1 for all conditions. Thus, the two exit concentrations from the PFR an
CSTR are assumed to perfectly mix (equal concentration) at the conclusion of each stage.
Likewise, heat transfer effects were assumed negligible, as the sweep gas and liquid solution
kept both phases isothermal.
Shown in Figure 3 is the gas percentage calculated for the PFR versus reactor height, with the
dashed line (at 0.05m) indicating the location of the liquid injection port.
To calculate τRP (PFR gas residence time) at each stage, the height of that stage is divided by the
average gas bubble velocity:
𝑯𝑯

𝛕𝛕𝐏𝐏,𝐢𝐢 = 𝑼𝑼 𝒊𝒊

𝒃𝒃,𝒊𝒊

(12)

where Hi the height (distance) of that ith stage of the PFR, and Ub,i the average bubble velocity.
The CSTR gas residence time is calculated as a function of the reactor volume (the balance not
partitioned to the PFR) and the gas volumetric flow rate (the balance of the volumetric flow not
partitioned to the PFR). The CSTR residence time is calculated using the following equations:
𝐕𝐕𝐂𝐂,𝐢𝐢 = 𝐇𝐇𝐢𝐢 𝐫𝐫 𝟐𝟐 𝛑𝛑(𝟏𝟏 − 𝛂𝛂)

(13)
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QC,i = QT (1 − α)

(14)

τC,i = QC,i

(15)

V

c,i

where r is the reactor radius (constant at 1.905 cm), Hi the height (distance) of that stage, VC,i the
volume of CSTR at that stage fraction, QT the total (fluidizing gas and aqueous solution)

Figure 3. Gas percentage allocated to the PFR versus reactor height for typical operating
conditions in oxidation and decomposition studies. The dashed line at 0.05m indicates
location of liquid injection. For the decomposition experiments, the average sand particle size
was 300 μm with a fluidizing gas flow rate of 3.5 SLPM of nitrogen. The oxidative
experiments utilized 600 μm sand with 8 SLPM of nitrogen and 4 SLPM of air.
volumetric gas flow rate, QC,i the CSTR volumetric gas flow rate, and τC,i the gas residence time
for the CSTR in that fraction. This iterative process of determining the gas residence time was
repeated for each stage fraction.

16

This analysis indicates that the fraction of gas partitioned to the PFR becomes almost constant at
a height 0.15m above the distributor plate with a maximum bubble diameter attained. However,
with gas partitioning still changing below a height of 0.15m, the reactor is split at this height of
0.15m, dividing the reactor into two stages to account for this difference in gas allocation.
Additionally, to capture the reactions as the result of the back mixing of the specie and fluidizing
gas below the liquid injection port, an additional CSTR (with no parallel PFR) is also
implemented. Below 0.05m (liquid injection port) a CSTR captured any back mixing and the
reactions that occurred below the liquid injection port. The subsequent gas allocated to the PFR
in this stage is assumed to be unreacted, as the PFR does not allow for back mixing. Two in
subsequent stages were used, with a divider at 0.15m, to model the fluid bed with different gas
allocations for each stage. The reacted flow then entered the transfer line (modeled as a PFR)
before the reactions were quenched in the condenser. This is represented in Figure 4.

At each stage, the reacted stream is repartitioned to the next CSTR and PFR. With the vapor
stream now partially reacted, the conversion for the PFR reactor at the ith stage for first order
kinetics is now:
𝐗𝐗 𝐏𝐏𝐏𝐏𝐏𝐏,𝐢𝐢 = 𝐞𝐞−𝐤𝐤𝛕𝛕𝐏𝐏,𝐢𝐢 (𝐗𝐗 𝐢𝐢−𝟏𝟏 + 𝐞𝐞𝐤𝐤𝛕𝛕𝐏𝐏,𝐢𝐢 − 𝟏𝟏)

(16)

where τP is the space time in the reactor (at that stage), Xi-1 the conversion from the previous

stage, and k the kinetic rate coefficient as defined in Sections 2.2 and 2.3 This equation is also
used to model the transfer line.
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Figure 4. Two-phase theory calculations indicated three stages were necessary to model the
bubbling fluid bed reactor. The first stage is just a CSTR with no PFR to account for back
mixing of the liquid reactant and fluidizing gas.
18

Likewise, the CSTR conversion at the ith stage for first order kinetics is written as following:
𝐗𝐗 𝐂𝐂𝐂𝐂𝐂𝐂𝐂𝐂,𝐢𝐢 =

𝐤𝐤𝛕𝛕𝐂𝐂,𝐢𝐢 +𝐗𝐗 𝐢𝐢−𝟏𝟏
𝐤𝐤𝛕𝛕𝐂𝐂,𝐢𝐢 +𝟏𝟏

(17)

where Xi-1 is the conversion from the previous stage, and τC,i the gas residence time of the CSTR
at that stage. By experimentally measuring XT and calculating residence times and the gas
partitioning coefficient from the two-phase theory, the kinetic rate coefficient can be solved
numerically.

3. Results
3.1. Reactor repeatability
Triplicate trials were run for theacetic acid oxidation trials to determine experimental error. From
the triplicate trials at a set-point temperature of 500°C, with internal temperature 489 ± 5°C, the
average calculated kinetic rate coefficient of 0.20 s-1 had a standard sample deviation of ±0.02 s-1
with a confidence interval (95%) of ±0.04 s-1. This excellent repeatability indicates single trials
were sufficient to measure reaction kinetics. Consequently, all oxidation and decomposition
experiments were single trials.
3.2. Levoglucosan decomposition measurement
For the experiments, the mass ratio of levoglucosan recovered to levoglucosan fed represented its
conversion (as calculated using equation 3). As expected, the conversion was less at 500°C
compared to 550°C. The decomposition conversion of levoglucosan at 550°C is similar to that of
previous work8, indicating the validity of this experimental method used in the present study.
The total mass fed and mass recovered is reported in Table 4.
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Table 4. Mass of levoglucosan fed during decomposition experiments.
Temperature
(°C)
500
550

Levoglucosan
Concentration (wt. %)
23.7
23.7

Total Solution
Fed (g)
164.0
203.4

Mass Levoglucosan
Fed (g)
38.9
48.2

Notably, for both trials a large fraction of levoglucosan (reported in Table 5) was recovered as
aerosols in the glass wool. The recovery of levoglucosan aerosols has been reported in previous
work, with collection accomplished using an electro-static precipitator (ESP).41 Considering that
the gas residence time was approximately one second, the relatively high conversion of
levoglucosan indicates it is reactive to decomposition at pyrolysis temperatures. These results
emphasize the importance of minimizing gas residence time to avoid unwanted decomposition of
bio-oil vapors.42
Table 5. Levoglucosan decomposition was 50% greater at 550°C as compared to 500°C. The
relatively high measured decomposition of levoglucosan indicates it is reactive to decomposition
at pyrolysis temperatures.
Temperature Mass Recovered
(°C)
Condenser (g)
500
12.6
550
16.7
1
Calculated using Equation 3

Mass Recovered
Glass Wool (g)
13.6
8.6

Total Levoglucosan
Recovered (g)
26.3
25.3

Conversion1
0.32
0.48

3.3. Conversion for oxidation experiments
With an auto ignition temperature of 464°C43, acetic acid oxidation was hypothesized to be
minimal at the low end of typical pyrolysis temperatures. Virtually no information is available on
low temperature oxidation of sugars. We hypothesized that the globaloxidation rates of sugars
would be proportional to their decomposition rates in the absence of oxygen. Because the liquid
phase decomposition of xylose is an order of magnitude greater than other sugars44 and is
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produced at low yields during pyrolysis compared to levoglucosan45, we hypothesized that
xylose would oxidize at greater rates than levoglucosan.
Table 6 gives oxygen conversion as calculated from oxygen inlet and outlet concentrations. The
lower oxygen conversion for acetic acid indicates it is less reactive than the sugar species at these
temperatures. Subsequent calculation of the kinetic rate coefficient quantifies these differences.
Table 6. Measured oxidation conversion for acetic acid, xylose, and levoglucosan oxidation
trials. The consumption of oxygen in the reactive based on the change in concentration was used
to calculate the oxidation conversion. Triplicate trials with acetic acid at a reactor temperature of
~490°C indicate excellent reactor repeatability.
Reactor
O2 Inlet
Temperature (°C) Concentration (v/v)
Acetic Acid
438
8.75
435
8.75
489
8.75
485
8.75
495
6.48
535
8.75
540
8.75
Levoglucosan 435
7.70
495
7.70
550
7.70
Xylose
430
2.98
465
2.98
500
2.98
1
Calculated from oxygen conversion using Equation 6.
Specie

O2 Outlet
Concentration (v/v)
8.22
8.27
7.88
7.78
5.68
6.91
5.76
6.29
4.39
3.22
1.51
1.38
1.19

Conversion1
(%)
6.0
5.4
10.0
11.1
12.3
21.1
34.2
18.3
43.0
58.1
49.2
53.5
60.1

3.4. Levoglucosan decomposition kinetic parameters
The global rate of levoglucosan conversion under inert conditions was measured at two (internal)
reactor temperatures: 500 and 550°C. As shown in Table 7, the measured levoglucosan
decomposition kinetic rate coefficient was 0.68 s-1 and 0.36 s-1 at 550 and 500°C, respectively
similar to the values of 0.96 s-1 and 0.24 s-1 calculated by Fukutome et al.8 Likewise, comparison
21

with whole bio-oil decomposition rates showed our values to be within the range of previous
work.10–12
Table 7. Calculated two-phase decomposition rates using the two phase theory is similar
previous works for bio-oil and levoglucosan.

Source
This work
Fukutome et al. [8]

Activation
Energy (kJ mol-1)
66.0
147.2

Pre-Exponential
Factor (s-1)
1.05×104
2.03×109

Liden et al. [10]
Morf et al. [11]
Baumlin et al.12

76.6
107.5
59.0

4.00×104
4.28×106
1.93×103

Levoglucosan Rate Coefficient (s-1)
500°C
550°C
0.36
0.68
0.24
0.96
Bio-oil Rate Coefficient (s-1)
0.23
0.55
0.27
0.64
0.20
0.35

From these measured decomposition rate coefficients, the activation energy and pre-exponential
factor was calculated as 66.0 kJ mol-1 and 10500 s-1, respectively. While this activation energy is
lower than the work of Fukutome et al.8 (147 kJ mol-1), it is in the range of the global
decomposition models of 59-107 kJ mol-1.10–12 The agreement between our work and the
previous work of Fukutome using different analytical methods validates our use of the two-phase
theory of fluidization to represent the hydrodynamics of our reactor system.
3.5. Arrhenius parameters for global oxidation rates
Oxygen conversion during the oxidation experiments with acetic acid, levoglucosan, and xylose
was used to calculate the kinetic rate coefficients as functions of temperature and plotted on an
Arrhenius plot (Figure 5). Favorably, the global oxidation rate coefficient measured by Smoot
and Smith 22 at 500°C (0.58 s-1) falls in the range of the rate coefficients measured in our study
(0.29-2.03 s-1), which serves as a validation of our methodology. In contrast, the global
combustion model of Dryer and Westbrook23 overestimates the oxidation rate by at least of

22

factor of 10 (50.44 s-1 at 500°C). We think this poor match arises from Dryer and Westbrook’s
measurements at temperatures more typical of complete combustion (>800°C).

Figure 5. Arrhenius plot of the global oxidation rates of the three-ideal bio-oil components.
Error bars on the acetic acid trials are the sample standard deviation from replicate trials and the
average internal temperature for each trial. Note: levoglucosan and xylose only had single trials
performed.
Levoglucosan and xylose were much more reactive than acetic acid. At pyrolysis temperatures,
levoglucosan oxidized at a rate several fold higher than for acetic acid. We hypothesize that the
greater global oxidation rate of levoglucosan compared to acetic acid is the result of its greater
propensity to decompose into reactive products, which is enhance in the presence of oxygen.
Previous studies have found molecular oxygen to be a decomposition accelerant, acting as a
radical initiator for cracking (decomposition) reactions.46 Notably, at identical conditions (e.g.,
temperature, pressure, gas residence time), introduction of a small amount of oxygen is known to
increase by thirty-fold the conversion rate of hexane to lighter alkenes. The similar yields of
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these decomposition products attained indicates that the conversion is not simply the result of
direct oxidation.47 Similarly, in the presence of oxygen, levoglucosan is likely to undergo both
oxidation and accelerated decomposition to light oxygenates, which are themselves susceptible
to oxidation. For example, acetaldehyde, among the most prominent of these light oxygenates,8
readily oxidizes at temperatures below 400°C. This mechanism of oxygen-catalyzed
decomposition of levoglucosan and oxidation of the decomposed products could explain the
faster oxidation kinetic rate of levoglucosan as compared to acetic acid. The proposed reaction
scheme, decomposition followed by oxidation, is a simplification of traditional oxidation
pathways. Typically, combustion studies detail the decomposition and oxidation of the specie,
determining radical and stable intermediate species through (typically) hundreds of pathways and
reactions.48 These mechanisms conclude that oxygenated radicals are responsible for the
decomposition of the initial combustion specie (in effect oxygen catalyzed decomposition)
starting the oxidation process. Thus, while these mechanisms involve more detail, our
simplification of oxidative decomposition with subsequent oxidation is consistent with
combustion studies. Consequently, the greater reactivity of levoglucosan’s decomposition
products offers an explanation to its greater reactivity as compared to acetic acid.
In contrast, acetic acid is stable against decomposition at temperatures up to 700°C.49 Its
decomposition products are methane and carbon monoxide, both of which have autoignition
temperatures higher than typical pyrolysis temperatures.50 Accordingly, it is not surprising that
acetic acid does not readily oxidize compared to levoglucosan and xylose.
The calculated activation energy for acetic acid and levoglucosan was measured to be 84.4 ±
12.0 kJ mol-1 and 74.0 kJ mol-1, respectively. Favorably, the two values are similar and within
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the uncertainty of each other, though their oxidation reactivity at pyrolysis temperatures vary by
a factor of at least three.
In contrast, xylose had an activation energy of only 34.1 kJ mol-1, substantially lower than
measured for acetic acid and levoglucosan. Conversely, it was also the most reactive specie of
the three. While the greater oxidative reactivity was expected due to its instability44, the low
apparent activation energy indicates an oversight with the global model. A hypothesis for this
low activation energy is discussed. All three activation energies can be found in Table 8.
Table 8. Arrhenius parameters of the three global oxidation models. Sample standard deviation
for acetic acid activation energy is indicated with the plus and minus sign. Comparison with
previous global oxidation models indicate that the measured rate coefficients were comparable at
pyrolysis temperatures. Notably, the Smoot and Smith22 rate coefficient is a modified Arrhenius
equation with a temperature exponential of 0.3.
Calculated Kinetic Rate
Coefficient (s-1)
Activation
Pre-Exponential
Specie
Energy (kJ mol-1) Factor (s-1)
400°C 500°C 600°C
5
Acetic Acid
84.4 ± 12.0
1.44×10
0.04
0.29
1.28
Levoglucosan
74.0
1.06×105
0.19
1.06
3.96
2
Xylose
34.1
4.07×10
0.92
2.03
3.73
Smoot and Smith 22
80.2
2.07×102
0.09
0.58
2.51
Xylan pyrolysis and xylose decomposition produce several light oxygenates (e.g., acetic acid and
acetol), as well various furan/pyranose ring derivatives.45,51 These products are formed through a
combination of xylose dehydration and ring fragmentation, which appear to have similar
activation energies and rates of formation.52,53 Given the apparent instability of xylose, it is
hypothesized decomposition rapidly occurs at these conditions producing these various light
oxygenated compounds which are subject to oxidation. In particular, the inert decomposition
kinetic rate coefficient of xylose to light oxygenates and gases at 433°C was measured to be 72.7
s-1, which is orders of magnitude higher than the decomposition rate of levoglucosan. While this
rate appears quite fast, it is consistent with liquid phase decomposition rates demonstrating the
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instability of xylose.44 Concluding that xylose is rapidly decomposing, two of the most
prominent decomposition products from xylose are furfural and formic acid.44 However, these
decomposition products have markedly different autoignition temperatures of 315°C and 520°C
for furfural and formic acid, respectively. This markable difference in reactivity and the
conditions used to measure the global oxidation rate is likely responsible for the lower apparent
activation energy.
Shown in Figure 6, is a simplified reaction mechanism of xylose decomposing to two
compounds: formic acid and furfural. The rate of decomposition (kd1 and kd2) is assumed
sufficiently fast that it occurs immediately in the reactor and at equal rates (in effect producing
an equal concentration of the two species) before oxidation occurred to xylose. Then, oxidation
occurs to formic acid (kO1) and furfural (kO2) with separate global oxidation rates for each,
assuming formic acid has a low oxidative reactivity, and furfural has faster/greater oxidative
reactivity.

Figure 6. Simplified reaction pathway for xylose decomposition and oxidation. The
decomposition rates are presented as kd1 and kd2 while the oxidation reaction rates are kO2 and
kO1. Note: the pathways are hypothetical and accordingly are not balanced molar equations.
This duality of one specie rapidly oxidizing within the space time (residence time) of the reactor
and the other specie oxidizing at a slower rate would result in a low apparent activation energy.
To demonstrate this effect, a single PFR was used to model the fluidized bed reactor with a gas
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residence time of 0.75 seconds. In this model, it is assumed that xylose immediately decomposes
to furfural and formic acid (as depicted in Figure 6) at an equal fraction, which are then subject
to oxidation. The simplified model has two global oxidation rates, with equal activation energies
for kO1 and kO2 at 84.4 kJ mol-1 (the measured apparent activation energy of acetic acid), though
have different pre-exponential factors of 1.44×105 (as measured for acetic acid) and 3.60×106 for
the low (kO1-formic acid) and high (kO2-furfural) reactivity, respectively. The pre-exponential
factor and the calculated oxidation kinetic rate coefficient for furfural is an estimate, however the
greater reactivity is assumed based on its low autoignition temperature.
Calculating the oxygen conversion for each pathway (assuming a 50/50 split of oxygen
for each pathway), if one specie (or several) rapidly consumes oxygen and has complete
conversion, while the other has a slower global oxidation rate, a low apparent activation energy
for overall oxidation of the specie is calculated. This is demonstrated in Table 9, as the highly
reactive species has complete oxidative conversion (under these conditions) while the lowly
reactive specie has incomplete conversion. Consequently, the use of a global model may not
accurately capture these conflicting parallel reactions, resulting in a low activation energy. For
the example provided, the activation energy is equal to ~35 kJ mol-1. While the global oxidation
model utilized may not accurately capture the reaction pathway for xylose, the measured global
oxidation rate is still valuable.
Table 9. Rapid decomposition of xylose with subsequent oxidation of the decomposed products
could result in a low measured apparent oxidation activation energy if their oxidative reactivity
were significantly different. Note: these are theoretical rates and do not reflect experimental
conditions.
Model oxygen conversion (%)
Temperature
High oxidative reactivity
Low oxidative reactivity
Total (%)
(°C)
(furfural)
(formic acid)
430
38.2
2.8
41.0
465
47.2
5.4
52.6
27

500

49.8

9.6

59.4

Future work would focus on determining the oxidation reactivity of these xylose decomposition
products (e.g., furfural, formic acid), to support this low measured apparent activation energy.
Nevertheless, the global oxidation rates of these three species are the first of their kind, providing
valuable kinetic data supporting modeling efforts of autothermal pyrolysis.

4. Conclusions
This study investigated global oxidation rates of prominent products of fast pyrolysis of
lignocellulosic biomass at temperatures appropriate to autothermal pyrolysis. Experiments were
performed in a fluidized bed reactor. Hydrodynamics of the reactor were modeled with the twophase theory of fluidization and validated by comparing decomposition rates for levoglucosan
with results from previous researchers. Global oxidation rates for levoglucosan, xylose, and
acetic acid at 500°C varied by an order of magnitude (0.29-2.03 s-1). To the authors knowledge,
the global oxidation rates derived are the first of their kind for bio-oil products relevant to
autothermal pyrolysis. These results will be useful in efforts to develop reaction models of
autothermal pyrolyzers.
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Nomenclature:
Parameters:
A=cross-sectional area reactor (m2)
Ar=Archimedes number
db,i=Initial bubble diameter (m)
dm=Maximum bubble diameter (m)
ds=diameter sand (m)
db=bubble diameter (m)
g=gravitational acceleration (m s-2)
Hrec=Reactor height (m)
Ub=velocity of bubble (m s-1)
Uo=Superficial gas velocity (m s-1)
Uumf=minimum fluidization velocity (m s-1)
α=Gas percentage in bubble phase
Greek:
ρg=density of fluidizing gas (kg m-3)
ρs=density of sand
μg= dynamic viscosity gas, (kg m-1s-1)
Super and Sub Scripts:
b=bubble
i=initial or stage
g=gas
r=reactor
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